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Abstract 
The fluidization velocity and mean particle size were selected to be numerically 
investigated pertaining to their effects on the gas-particle circulation pattern within a 
fluidized bed granulator by three-dimensional CFD simulation applying an 
Eulerian-Eulerian two-fluid model (EETFM). The CFD simulations were designed by 
full-factorial design method and the developed CFD model was experimentally validated. 
The fluidization process was proved to reach a quasi-steady state. The gas-particle 
circulation pattern and particle concentration distribution were analyzed based on 
fluidization velocity and mean particle size. A mathematical model was developed to 
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1. INTRODUCTION  
Spray fluidized bed granulation has been widely used in the pharmaceutical industry to 
produce granules to improve powder properties, such as flowability, dispersibiltiy and 
bulk density. The powders can be mixed, granulated and dried in the same equipment to 
minimize the equipment costs, loss of product during transfer and the possibility of 
cross-contamination. Over recent decades, fluidized bed granulation has been extensively 




divided into two categories according to the two main features of spray fluidized bed 
granulation: binder spraying and fluidization [1-8]. 
 
Recently, binder spraying parameters such as spray rate, atomization pressure and pulsed 
spray frequency, have been extensively studied [9-11]. In particular, adjusting the pulsed 
frequency of binder spray was shown to be an effective way of controlling the granule 
size during spray fluidized bed granulation, in which the liquid feed is interrupted in 
regular sequences that allows drying and rewetting of granules [11-13]. In the authors' 
previous work, a hybrid process model was developed by linking key operating variables, 
including spray rate, atomization pressure and pulsed frequency of binder spray, with the 
granule properties to predict granule growth in a batch granulation process [14]. A 
two-compartmental population balance model (TCPBM) was developed by considering 
the heterogeneity of the granulation process based on computational fluid dynamics 
(CFD) analysis of the fluidization within the spray fluidized bed granulation [15]. The 
TCPBM has demonstrated obvious advantages in predicting mean granule size compared 
to homogeneous based PBM, which indicates the importance of fluidization. Through 
stable fluidization, enhanced mass- and heat-transfer rates are provided during spray 
fluidized bed granulation, which is a special advantage compared to other conventional 
granulation methods. Solid circulation pattern within the fluidized bed granulator 
generates a specific mass, liquid and temperature distribution, which significantly 




by the operating conditions and evolution of granule properties [16, 17]. By literature 
reviewing and our previous experimental experience, the fluidization velocity and mean 
particle size were found to be the most critical parameters as representatives of operating 
conditions and granule properties, respectively [11].  
 
Fluidization velocity is an important operating variable affecting both fluidization 
hydrodynamics and granule growth, and it plays key role in producing high powder 
mixing uniformity. The fluidization velocity can affect the granulation behavior and final 
particle size distribution by affecting the drying capacity [16]. At the initial stage of the 
granulation, it is reported that higher fluidization velocity produces a higher granule 
growth rate because of the higher frequency and energy of collisions between granules. 
However, larger granules were finally obtained from low fluidization velocity due to the 
small shear force at lower fluidization velocity [16, 17]. For a batch fluidized bed 
granulation process, it is inherently unstable, and sensitive to the bed humidity. If drying 
is insufficient, high humidity generated by less efficient fluidizing air flow during the 
granulation process could pose a danger of over-wetting of particles, resulting in a 
non-retrievable bed collapse [18, 19]. It has been found that the fluidization velocity 






Particle size is another important granulation characteristic which plays a crucial role in 
fluidization. The average particle size increases under different granulation mechanisms 
during experiment, which results in different particle holdup and fluidization level within 
the granulator. Fan et al. claimed that gas-particle circulation pattern is strongly affected 
by particle size [21]. For glass beads with a size of 0.8-1 mm, the mean glass flow was 
predominantly upward on one side of the bed and downward as a return flow on the other 
side, while for the glass beads with a size of 250-450 µm, a typical UCDW (upwards 
along the center and downwards along the annulus) pattern can be observed. Laverman et 
al. [22] observed the same particle flow pattern for various types and a broad range of 
particle size and the difference was in the fluidization velocity at which the number of 
vortices changed. However, particle flow pattern was not found to be affected by the 
particle size [23-25]. 
 
A large number of experimental studies have been carried out regarding gas-particle flow 
pattern identification within spray fluidized bed granulation processes for different 
process parameters and physical properties. However, the complex hydrodynamics of 
fluidized bed granulation still need to be investigated for further understanding owing to 
complicated phenomena such as particle-particle, particle-droplet and particle-bubble 
interactions. Recently, computational fluid dynamics (CFD) has emerged as an effective 
tool for investigating gas-particle fluidized bed hydrodynamics. In literature, CFD has 




the design time and cost [26-35]. In general, two different approaches of CFD modelling 
are used to model a gas-solid fluizied bed: the Eulerian-Eulerian approach, in which all 
phases are considered as interpenetrating continua and the Eulerian-Lagrangian approach 
in which at least one phase is considered as a discrete phase interacting with the other 
phases [30, 36-43]. To date, several models built upon the Eulerian-Lagrange framework 
have been developed such as the computational fluid dynamics-discrete element method 
(CFD-DEM), dense discrete phase model (DDPM) and multi-phase-particle-in-cell 
(MP-PIC) method. With the advance in computational resources and capacities, these 
methods become increasingly popular for the modelling of particulate flow and some 
study cases in fluidized bed could be found. However, because of the computational 
limitations of the Eulerian-Lagrange model which is normally limited to a relatively 
small number of particles, the Eulerian-Eulerian model is the preferred choice for 
simulating the gas-particle hydrodynamics of a fluidized bed. The effectiveness of the 
Eulerian-Eulerian model of CFD has been extensively validated by the experiments [30, 
37, 38, 44]. 
 
Thus, the aim of this study is focused on providing an understanding of how the 
gas-particle circulation pattern and hydrodynamics within the spray fluidized bed 
granulation are influenced by the fluidization velocity and particle size by CFD 
simulation. The fluidization velocity was changed from 0.6 
3 /m h  to 1.8 
3 /m h  and 




during granulation process. Both ranges for fluidization velocity and particle size are true 
values adopted from the authors' preliminary experimental work [11]. Based on these two 
variables, a total of 9 CFD simulations were designed by the full-factorial design method 
with three levels for each variable. The CFD model was solved in the software package of 
FLUENT 13.0 (Ansys Inc., USA) using the Eulerian-Eulerian approach by the kinetic 
theory of granular flow (KTGF) and was validated both experimentally and theoretically 
[45]. By changing the fluidization velocity and particle size in the simulation design, 
their effects on gas-particle circulation pattern, particle velocity distribution, particle 
concentration distribution, and particle circulation time were investigated, respectively. 
Finally, a mathematical model was developed to describe the relationship between particle 
circulation time, fluidization velocity and particle size, which provides guidance on how 
to change the fluidization level by adjusting the fluidization velocity during one 
experiment. 
 
2. SIMULATION DESIGN AND EXPERIMENTAL SETUP 
In this work, the particle circulation pattern is quantitatively represented by the particle 
circulation time. The granulation process is simulated by the increasing particle size and 
changing fluidization velocity in the simulation design. In order to investigate the 
relationship between the particle circulation pattern, fluidization velocity and particle size, 
CFD simulations were designed using the full-factorial design method and JMP 11.0 




designed with fluidization velocity and particle size as factors and each factor has three 
levels as shown in Table 1. The low, medium and high levels of each independent factor 
are determined based on the preliminary experimental study [11], which respectively 
represents the beginning, medium and final stages of the granulation process. A non-linear 
quadratic model was developed to describe the relationship between particle circulation 
time, fluidization velocity and particle size, which is given as: 
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Where, Y is a measured response associated with each factor’s combination; 0
b





 are regression coefficients calculated from the observed experimental 
















The term 1 2
x x
 represents the interaction effect. 
 
Once the CFD simulations are designed, fluidization experiments are carried out. A 
lab-scale (46.5 g/batch) batch fluidized bed granulator (MP-MicroTM, GEA Process 
Engineering Ltd, UK) is used. The selected granulator and its geometry are illustrated in 
Figure 1. The conical fluidized bed granulator is made of transparent Plexiglas with 




is 30 cm, which is high enough to prevent entrainment of the particles with outgoing gas. 
The air distributor is a 4500 mesh stainless steel plate at a constant temperature of 40 ℃ by 
an electrical heater before entering the bed for each experiment. Details about the fluidized 
bed granulator system could be found in our previous study [11]. The particles used for the 
fluidization are microcrystalline cellulose (MCC) with a density of 450 
3/kg m  supplied 
by Blackburn Distributions Ltd, UK. The size grades of 164 m , 332 m  and 500 m  
are used and the fluidization velocities are 0.6 
3 /m h , 1.2 
3 /m h  and 1.8 
3 /m h . For each 
experiment, the same amount of 46.5 g MCC is used. The fluidized bed granulator 
dimensions and material properties can be found in Table 2. For each of the simulations 
designed in this section, the specified fluidization velocity and particle size are used, and 
fluidized bed height are measured for model validation in section 5.  
 
3. CFD MODELING OF A FLUIDIZED BED GRANULATOR  
3.1  Computational Model 
The present work aims at modelling multiphase flow, where an Eulerian-Eulerian 
two-fluid model (EETFM) is applied incorporating the kinetic theory of granular flow 
(KTGF). In this approach, the different phases are treated mathematically as 
interpenetrating continuums [46], where gas phase is defined as the primary phase and the 
particle phase is defined as the dispersed particulate phase. Conservation equations were 
derived for each phase and linked by interphase momentum transfer coefficients and 




conservation of mass and momentum. In the present study, the gas-solid two-phase flow is 
nonreactive, isothermal and transient. The two-fluid model (TFM) requires constitutive 
equations to describe the rheology of the solid phase. When the particle motion is 
dominated by collision interactions, the concepts from fluid kinetic theory can be 
introduced to describe the effective stresses in the solid phase resulting from particle 
streaming collision. Furthermore, these constitutive relations for the solid phase stress, 
based on the kinetic theory, were derived by Lun et al. [47], which have been accepted 
widely. A standard mixture k ε  model was used to solve the transport equations. The 
governing equations including mass and momentum conservation equation of gas and 
solid phase, constitutive equations, and closure relations used in this study are summarized 
in Table 3.  
 
3.2  CFD Modeling Strategy  
As described in the previous section, CFD simulations with an Eulerian-Eulerian two-fluid 
model (EETFM) were developed to study gas-particle circulation pattern within a 
fluidized bed granulator, which considers the conservation of mass and momentum for the 
gas and particle phases. The standard k  model was used to describe the turbulence 
inside the fluidized bed granulator, where the kinetic theory of granular flow (KTGF) was 
employed in the momentum balance equation for the solid phase. The finite volume 
approach by a commercial CFD software package FLUENT 13.0 (Ansys Inc., US) was 




volume of the conical product chamber in the fluidized bed granulator in double precision 
mode. As described in section 2, the computational domain was discretized by 
unstructured hexahedrons using the commercial software ICEM CFD 13.0 (Ansys Inc., 
USA). First order upwind schemes in both space and time were used for the solution of 
the equations. A time step of 
41 10  seconds with a maximum 200 iterations per time 
step was chosen. This iteration was adequate to achieve convergence at each time step. The 
convergence criterion was set to 
31 10  for the relative error between two successive 
iterations for each scaled residual component. The phase coupled SIMPLE algorithm was 
used for the pressure-velocity coupling, in which the coupling terms were solved 
implicitly to form part of the solution matrix. The CFD simulations were performed on a 2 
GHz Intel Four Core processor desktop computer with 4 GB RAM using a XP platform. 
 
3.3  Initial And Boundary Conditions 
In each CFD simulation of a fluidized bed, particles were assumed to be spherical and 
monodispersed. Based on the experiments, it was found that the bed height of the initial 
primary MCC particles was between 8 and 9 cm. The initial bed height of packed solid 
particles was therefore, set as 8.75 cm in the CFD simulations. The particle volume 
fraction was set as 0.53 based on the ratio of the volume of the actual primary particles 





For the boundary conditions, the distributor was modeled as a porous plate placed at the 
bottom of the conical product chamber in which the uniform air was injected into the bed. 
The particles were not allowed to penetrate the distributor. The pressure-outlet was used as 
boundary condition at the top of the conical chamber, which was assumed to have a 
constant static atmospheric pressure as a reference operating pressure. A no-slip condition 
was set for walls, which means no momentum waste occurred when the air and solid 
collided with the wall. The restitution coefficient was set as 0.9 for the particles in the 
simulations. Configuration of the simulated fluidized bed and its boundary conditions are 
shown in Figure 1 and the details of parameters used in the simulations are given in Table 
4.  
 
3.4 Grid Sensitivity Analysis 
An ‘O’ type unstructured hexahedron grid of fluidized bed was created using the 
commercial software ICEM CFD 13.0 (Ansys Inc., USA). Grid sensitivity analysis was 
carried out at three different grids with total cells of 60000, 101400, and 135000. The 
sensitivity of the predicted transient pressure drop, bed height as well as solid particle 
concentration to the cell number was investigated for a particle size of 164 µm and a 
fluidization velocity of 0.6
3 /m h .  
 
In Figure 2 (a, b), a grid with more than 101400 cells did not improve the accuracy of the 




different particle concentration distribution. Pressure drop along the bed is defined as 
pressure at the bed inlet minus its value at the bed outlet. As reported in Figure 2 (c), 
predicted pressure drop along the bed is slightly affected by grids except for two large 
deviations predicted by the coarsest grid at 1.8 s and 3.7 s.  
 
Furthermore, the height of the fluidizing bed surface at different grids was calculated and 
plotted in Figure 2 (d). The predicted bed height was clearly found to be dependent on the 
grids: Grids with 101400 and 135000 cells garnered close predictions of bed height 
evolution, while a grid with 60000 cells predicted an obviously small bed height after two 
seconds of simulation time. Therefore, the grid having 101400 cells was chosen as the 
optimum value to secure the highest accuracy and lowest computational cost.   
 
3.5 Convergence To Quasi-Steady State 
The CFD simulation in this study was carried out in transient mode. Although the solid 
flow in the fluidized bed is unsteady with changes of local velocity in both magnitude 
and direction during fluidization, it is important to ensure that the CFD simulation 
reaches a quasi-steady state, in which the gas-particle flow dynamics are generally 
time-independent. In order to determine the simulation time to the quasi-steady state, the 
fluidizing bed height and particle concentration distribution were monitored for simulation 





It can be seen from Figure 3 (a) that the bed height increased quickly from 0.087 m to 0.14 
m after 3 seconds, and remained approximately constant. Figure 3 (b) demonstrates the 
particle concentration distribution evolution at the starting period of fluidization. Initially, 
all the particles were packed at the bottom of fluidized bed. As the fluidizing air was 
injected, large air bubbles were formed at the air distributor, which forced the fluidized bed 
height to increase. At 0.6 s, the initially formed two large air bubbles reached the fluidizing 
bed surface and the fluidized bed height reached its maximum value. At that moment, the 
particle concentration had an inhomogeneous distribution, mainly distributing on the 
central column region and area close to the wall. Until 4 s, a relatively uniform particle 
concentration distribution has been reached and fluidized bed height came to a stable value 
at 0.14 m with bed expansion ratio of 61%.  
 
It can be concluded that the quasi-steady state was reached after 4 s for simulation 1 
because all parameters showed constant values. The time to reach the quasi-steady state 
differed between simulations. However, using the same method described above showed 
that all simulations designed in this study reached a quasi-steady state after 5 s. Therefore, 
the CFD simulation results are analyzed based on the time-averaged value from 5 s to 10 s 
throughout the paper. 
 
4. RESULTS AND DISCUSSION 




The effectiveness of the CFD simulation is validated by both theoretical and experimental 
methods. Results of experiment 1 are given in Figure 4 as representative. The theoretical 
method is comparing the total pressure drops of the bed determined by theoretical 
predictions and numerical simulations [45]. It is well known that among all the parameters 
describing fluidized bed granulation performance, the pressure drop is the most important 
one, particularly in scale-up and design of fluidized bed granulators, making it an ideal 
variable to use for validation. At the minimum fluidization conditions, the powder in the 
bed is fully supported by the upward gas flow. The force generated by the upward gas is 
proportional with the pressure drop, which is mainly balanced by the weight of the solid 
bed. Therefore, the pressure drop across the bed is given as [45]: 
1s g mb mb mb g mb g chamber mbP gH gH g H H  (30) 
Where, s  and g  are the particle and air densities respectively, mb
H
 and mf  are the 
bed height and the bed voidage at the minimum fluidization velocity, and chamber
H
 is the 
product chamber height.  
 
Figure 4 (a) shows the comparison between the CFD predicted pressure drop and 
theoretically calculated value of 193.90 Pa. It is indicated that the overall pressure drop 
decreases at the beginning of fluidization and then fluctuates around a steady-state value 
of 187 Pa after 3 s. It can be seen that the steady-state value obtained by the CFD 




prediction error of 3.6%, indicating that the CFD model can be used to predict the 
performance of a fluidized bed. 
 
Figure 4 (b) illustrates the comparison between experimental and CFD predicted 
fluidized bed height, from which excellent match between them could be found. From the 
experiment, it is found that the bed height after reaching the quasi-steady state is 13 cm. 
The model predicted fluidized bed height changes between 13.25 and 13.75 cm, which 
provide an acceptable prediction error range of 1.9% - 5.8%.  
 
4.2 Effect Of Fluidization Velocity And Particle Size On Particle Velocity Distribution 
The time-averaged particle velocity vector fields for various fluidization velocities of 
small (164 µm), medium (332 µm) and large (500 µm) particles are depicted in Figures 5, 
6 and 7, respectively. In order to investigate the particle circulation pattern within the 3D 
fluidized bed thoroughly, three types of particle velocity vector fields were included: a) 
on horizontal cross-section at 10%, 30%, 50%, 70% and 90% bed height, b) on vertical 
plane XY, c) on vertical plane ZY.  
 
The effect of fluidization velocity on the particle circulation pattern at small particle size 
(164 µm) is given in Figure 5. It is clearly shown that solid particles move upward from 




0.6 to 1.8 
3 /m h , which has also been experimentally observed by Lin et al. [23]. Large 
vortices were observed randomly distributed in the area between central region and wall 
at lower fluidization velocity (0.6 
3 /m h ), and they are shrunk and break up into more 
small size vortices as the fluidization velocity increases to 1.8 
3 /m h . For both upward 
moving particles and downward moving particles, maximum velocity was reached at 
middle bed height and minimum velocity was observed at top and bottom of fluidized 
bed. This could be explained by the interaction between particle weight and pressure 
drop along the bed height generated by the fluidizing air. The reason why the particles 
could remain fluidized in the bed is that the particle weight is balanced by drag force 
generated from the pressure drop. For upward flowing particles, on the lower half bed 
domain, where the drag force is larger than the particle weight, the particles are 
accelerated by the upward force difference, while the particle velocity starts to decrease 
where the drag force is smaller than particle weight on the upper half bed domain. The 
same theory can be utilized to explain the particle velocity evolution for the downward 
flowing particles.  
 
Figure 6 shows the influence of fluidization velocity on particle circulation pattern at 
medium particle size of 332 µm. Firstly, smaller average particle velocity was shown 
compared to that in Figure 5 at each fluidization velocity, which could be explained by 
the increased particle weight. At lower fluidization velocity (from 0.6 




3 /m h ), an identical stable particle circulation pattern was indicated by all types of 
particle velocity vector fields, where particles moved upward from central region and fell 
downward along the wall, forming large vortices between them. In the meantime, small 
particle vortices were observed at the corner between wall and air distributor, which 
indicated the moving trail of particles accumulating in this region. At high fluidization 
velocity (1.8 
3 /m h ), a new particle circulation pattern occurred where solid particles 
moved upward along plane XY and fell downward along plane ZY, shown in Figure 6 (c). 
From Figure 6 (c), it was indicated that both small and long vortices appeared 
simultaneously and located randomly at any position within the fluidized bed but not 
only at area between the central region and wall.    
 
The influence of fluidization velocity on particle circulation pattern at large particle size 
of 500 µm is shown in Figure 7. Further reduced average particle velocity was observed 
due to further increased particle weight. It was found that the same particle circulation 
patterns as in Figure 6 (c) happened for all fluidization velocities at particle size of 500 
µm, where almost all particles are moving upward along XY plane and fell downward to 
the air distributor along the ZY plane. At a lower fluidization velocity of 0.6 
3 /m h , 
laminar particle flow was found and only two large symmetric vortices appeared on the 
ZY plane. As fluidization velocity increased, the particle flow became more turbulent and 




brought by the arising bubbles conflicted with the dropping particles by the splashed air 
bubbles, creating a sharp interior boundary.  
 
4.3 Effect Of Fluidization Velocity And Particle Size On Particle Concentration 
Distribution 
Figure 8 shows the time-averaged solid concentration contour on the cross-sectional 
plane at different bed heights for simulations of all fluidization velocities and particle 
sizes. The cross-section plane was created at 10%, 30%, 50%, 70% and 90% of bed 
height. It is indicated that an obviously high particle concentration was distributed on the 
annulus area against the wall where particles fell downward and low particle 
concentration was found on the central region where particles moved upward. This 
phenomenon can explain the difference between the upward and downward particle 
velocity, because high particle concentration generates high frictional force between 
particles and obstructs the increase of downward particle velocity. For smaller particle 
size of 164 µm, the simulation results showed that particles are most likely concentrated 
at the middle section domain of the bed, while for particle size of 332 µm and 500 µm, 
particles are likely concentrated at the upper section domain of the bed. At the small 
particle size of 164 µm in Figure 8 (a), the particle concentration distribution changes 
slightly with increasing fluidization velocity. Time-averaged particle concentration 
distributions at all fluidization velocities are small, which could be explained by the 




332 µm in Figure 8 (b) and the large particle size of 500 µm in Figure 8 (c), the particle 
concentration decreased significantly as the fluidization velocity increased. For medium 
(332 µm) and large (500 µm) particles, obvious higher particle concentrations were 
observed on each cross-section planes comparing to that of small particles (164 µm).  
 
The effect of particle size and fluidization velocity on the particle concentration 
distribution at the vertical plane XY is also investigated as shown in Figure 9. The 
fluidized bed expansion increases with fluidization velocity for all the particle sizes. As 
the fluidization velocity increases, bubbles appear initially at the bottom of granulator 
and increase in both number and size, which is clearly observed for particles of 332 µm 
and 500 µm in size. However, the bubbles distorted significantly and merge frequently at 
high fluidization velocity, which generates twisty bubbles as shown in Figure 9 (b) and 
(c). It can also be seen that the fluidized bed expansion decreases as particle size 
increases. Under the same fluidization velocity, more bubbles and a heterogeneous 
fluidization state are generated by the larger particle size.  
 
4.4  Determination Of Particle Circulation Time Model For A Fluidized Bed 
Granulator  
In the fluidized bed granulator, the particle circulation pattern is an important design 
attribute for either process scale-up or experiment design. The particle circulation pattern 




particle circulation time is considered as an indicator of the particle circulation pattern and 
is modelled as function of the fluidization velocity and particle size.  
 
The particle circulation time in the present study is defined as the sum of time required 
for the particles to reach the bed surface and to return back to the air distributor, as 












 are the total upward flowing particle volume and total 
downward flowing particle volume, respectively. upwardv  and downwardv  are the average 
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 is the cell volume; ,s i  is the time-averaged solid volume fraction of the cell 
iv ; vi
s
 is the cross-section area of the cell i
v
 with the horizontal surface k
y h
; 
_ _i y up  is the particle velocity in cell i
v
 on the surface through which particle moves 
upward; _ _i y down  is the particle velocity in cell i
v
 on the surface through which 
particle moves downward; and _n k  is the grid number along y-axis.  
 
Using this method, the particle circulation time was calculated for all the nine CFD 
simulations and given in Table 1 as dependent variables Y1. Figure 10 shows the effect of 
fluidization velocity and particle size on the particle circulation time in the fluidized bed. 
It can be seen that the circulation time decreases with fluidization velocity while 
increases with particle size. Three CFD simulations run 1, run 5 and run 9 with particle 
size of 164 µm, 332 µm, and 500 µm, respectively, are marked on Figure 10, which 
indicate that the particle circulation time can be kept constant by adjusting the 
fluidization velocity as particle size increases from 164 µm to 500 µm. In addition, the 
fitted linear function from run 1, run 5 and run 9 provides a slope value of -0.21 close to 
zero with 
2R  value of 0.9. For the simulation 7 with a particle size 500 µm and 
fluidization velocity 0.6 
3 /m h , an apparently high circulation time 4.61 s is observed, 
which indicates the occurring of particle bed de-fluidization. From the authors' previous 
experimental study [11], it is known that the final particle mean size has a range from 
290 µm to 734 µm. therefore, the initial fluidization velocity of 0.6 
3 /m h  has to be 













 in equation (1) were obtained using 
JMP 11 software (SAS, SAS Institute, Cary, NC, USA). A mathematical model of the 
particle circulation time in terms of fluidization velocity and particle size is developed, 
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     (37) 
Where, ,s m
d
 is the mean particle diameter in µm and ,a inlet
v
 is the fluidization velocity 
in 
3 /m h . If the particle size distribution can be obtained online during an experiment, 
the particle circulation time can be fixed at c
T
















5. CONCLUSIONS  
In the present work, an Eulerian-Eulerian two-fluid model (EETFM) integrating the 
kinetic theory of granular flow (KTGF) was developed to simulate the gas-particle 
circulation pattern within the fluidized bed granulator. The CFD simulations were 
designed by full-factorial design method and were performed using software ANSYS 
Fluent 13.0. The influence of fluidization velocity and particle size on the particle 
circulation pattern was investigated thoroughly with ranges from 0.6 




3 /m h  and from 164 µm to 500 µm, respectively. It was found that large vortices were 
driven to shrink or split into small vortices by increasing the fluidization velocity, making 
the particle flow more turbulent at high levels of fluidization velocity. By increasing the 
particle size, average particle velocity was reduced and a different particle circulation 
pattern was found at the highest level of particle size (500 µm), where particles moved 
upward along the trajectory of XY plane and fell downward to the air distributor along the 
trajectory of ZY plane. For particle velocity, both the upward and downward moving 
particles were found to reach the highest velocity at middle bed height and have smaller 
velocity on the two sides of fluidized bed, which can be explained by the interaction of 
particle weight and bed pressure drop. It was indicated that an obviously high particle 
concentration was distributed on the annulus area against the wall where particles fell 
downward and low particle concentration was found on the central region through where 
particles moved upward. The particle circulation time, as symbol of particle circulation 
pattern, within the fluidized bed was proved to be constant by adjusting the fluidization 
velocity as the particle size increased. A mathematical model of the particle circulation 
time in terms of fluidization velocity and particle size was developed, which provides 
guidance on how to change the fluidization level by adjusting the fluidization velocity 






DC  Drag coefficient  
sd  Particle diameter (m) 
se  Particle-particle restitution coefficient, dimensionless 
g  Gravitational acceleration (
2/m s ) 
0g  Radial distribution coefficient, dimensionless  
chamberH  product chamber height (m) 
mbH  bed height at the minimum fluidization velocity (m) 
I  Identity matrix 
gsK  Inter-phase momentum transfer coefficient (




 Diffusion coefficient for granular energy (
/  kg ms
) 
P  pressure drop across the bed (Pa) 
sp  Dispersed phase (particulate) pressure (Pa) 
downwardR  Downward particle volume flow rate (
3 /m s ) 
sRe  Particle Reynolds number  
upwardR  Upward particle volume flow rate (
3 /m s ) 
ct  Particle circulation time (s) 
gv  Gas velocity ( /m s ) 
sv  particle velocity ( /m s ) 
'





g  Volume fraction of gas phase 
s  Volume fraction of solid phase  
smax  Maximum volume fraction of solid phase 
g  Viscosity of gas phase ( Pa s ) 
s  Solid shear viscosity ( Pa s ) 
g  Density of gas phase (
3/kg m ) 
s  Density of solid phase (
3/kg m ) 
g  Shear stress for gas phase (
2/N m ) 
s  Shear stress for solid phase (
2/N m ) 
s  Solid bulk viscosity ( Pa s ) 
mfε  bed porosity at the minimum fluidization velocity 
s  collision dissipation of energy (
3/ (  )kg s m ) 
s  Granular temperature (
2 2/m s ) 
 Angle of internal friction  
gs T ransfer rate of kinetic energy (
3/ (  )kg s m ) 
Subscripts 
g  gas phase 
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Table 1 Variables, levels and response in the full-factorial CFD simulation design 
Run Independent variables Dependent variables 
Mode X1 (µm) X2 (
3 /m h ) Y1 (s) 
1 −− 164 0.6 2.57 
2 −0 164 1.2 2.22 
3 −+ 164 1.8 2.02 
4 0− 332 0.6 3.23 
5 00 332 1.2 2.37 
6 0+ 332 1.8 2.22 
7 +− 500 0.6 4.61 
8 +0 500 1.2 2.56 





Table 2 Apparatus dimensions and material parameters  
Parameters  Value  
Bed geometry   
chamberH (cm) 30 
inletD (cm) 4.97 
outletD (cm) 7.48 




sd ( m ) 164, 332, 500 
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Table 3 Detailed governing, constitutive and closure equation in simulation  








t   (5) 
Conservation of momentum of gas and solid  
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Gas phase/solid phase stress tensors  
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Solid pressure  
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Shear viscosity of solid  
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Interphase drag force  
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Turbulent viscosity  
2




Turbulent kinetic energy  
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Table 4 Parameters used in the CFD simulation 
Property Value  
Initial bed height (cm) 8.75  
Initial solid packing  0.53 
Maximum solid volume 
fraction 
0.63 
Particle restitution coefficient 0.9 
Time step (s) 0.0001 
Convergence criteria  1.0×10
-3
 
Operating pressure (Pa) 101325  












Figure 2 Mesh sensitivity study results; a) Solid volume fraction on cross-section plane 







Figure 3 Convergence to quasi-steady state for CFD simulation: a) Bed height; b) Solid 






Figure 4 CFD model validation: a) Comparison of predicted bed pressure drop (blue 
diamond) with theoretically calculated value (red solid line); b) Comparison between 






Figure 5 Particle velocity vector plot when particle size D=164 µm at fluidization velocity: 
a) 0.6 m
3
/h, b) 1.2 m
3








Figure 6 Particle velocity vector plot when particle size D=332 µm at fluidization velocity: 
a) 0.6 m
3
/h, b) 1.2 m
3








Figure 7 Particle velocity vector plot when particle size D=500 µm at fluidization velocity: 
a) 0.6 m
3
/h, b) 1.2 m
3








Figure 8 Time-averaged solid concentration distribution at horizontal cross-section planes 
of 10%, 30%, 50%, 70% and 90% of bed heights: a) particle size of 164 µm, b) particle size 






Figure 9 Time-averaged particle concentration distribution at vertical cross-section plane 






Figure 10 Particle circulation time with fluidization velocity under different particle size 
 
